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Abstract: The computational fluid dynamic codes of Euler-Euler approach with KTGF were used to develop three-dimensional 

simulation models to explain the hydrodynamic behaviors of a bubbling fluidized bed gasifier (BFBG). The input parameters and 

optional model used for the simulation were studied and validated under cold flow (ambient temperature and non-reactive) condition 

with the experimental results of a downscale BFBG made of acrylic glass. With appropriate input parameters and models, the 

hydrodynamic behaviors under cold flow condition inside bed zone of BFBG with non-simplified (actual configuration) and 

simplified air distributor model were compared. The simulation of both non-simplified and simplified air distributor model showed 

the occurrence of bubbles formation and motion. However, a degree of differences of hydrodynamic behaviors was found between 

these two models, including the rate of bubble formation and motion inside bed zone, gas-solid flow pattern, bed expansion ratio, and 

profiles of absolute pressure along the height of bed zone. 

 

Keywords: Computational Fluid Dynamic (CFD); Hydrodynamic Behavior; Bubbling Fluidized Bed Gasifier (BFBG); Simplified 
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1. Introduction 

 

It is well-known that the quality and the quantity of gas 

product from bubbling fluidized bed gasification (BFBG) are 

dependent on a number of factors including type of biomass, 

operating condition and system configuration. All these factors 

affect the chemical reactions as well as the flow characteristics 

inside the system. Mathematical model simulations have been 

carried out understand the flow patterns and fluidization process 

in both macro- and micro-level. Computational fluid dynamics 

(CFD) codes have also continuously been developed to 

investigate the thermodynamics and hydrodynamics behavior of 

flow and reaction systems. 

Fluidized bed models are divided into two main categories, 

i.e., discrete element method (DEM) and two-fluid model 

(TFM) [1-2]. The DEM, which is based on molecular dynamics, 

is a simple numerical model by which interactions from multi-

body collisions can be calculated. It is also called Euler-

Lagrange approach. In this model, the fluid phase is treated as a 

continuum, while the particles are traced individually. This 

model has been used for investigating inter-particle force effect 

on fluidization characteristics [3-4], mixing and segregation 

characteristics [5-6], particle residence time [7], and minimum 

fluidization velocity [8] in the bubbling fluidized bed. For the 

TFM, which is also called Euler-Euler approach, all phases are 

considered to be continuous and fully interpenetrating. As a 

bubbling fluidized bed behaves like a chaos motion of a large 

numbers of particles in the bed, many computational practices 

present that the DEM will normally take more computational 

time than the TFM [9, 10]. Furthermore, the TFM is more 

convenient to facilitate quantifiable decisions for an engineering 

design as it is able to obtain the mean particulate flow fields. 

Computational simulations which were done by several groups 

have been shown feasible to compute the observed bubbles and 

the flow regime by using TFM. Dig and Gidaspow [11] found 

that the model based on TFM predicts well the time-averaged 

and instantaneous porosity in two-dimensional bubbling 

fluidized beds. Gamwo et al. [12] also found that TFM predicts 

well the solids flow pattern and the axial solids velocity profiles  

in a bubbling fluidized bed. 

To improve the description of particle collision, the 

kinetic theory of granular flow (KTGF) has been introduced into 

the TFM. The kinetic theory formulation includes an interaction 

term between gas turbulence and particle fluctuations in the 

granular temperature equation [13]. Enwald and Almstedt [14] 

found that the KTGF approach for granular flow allows the 

determination of the pressure and viscosity of the solid in place 

of empirical relations. Yu et al. [1] developed a new numerical 

model based on the TFM including the KTGF and complicating 

reactions to simulate the comprehensive model of BFBG and 

found that the flow behaviors of gas and solid phases in the bed 

and freeboard could be predicted and the calculated results of exit 

gas composition were in agreement with the experimental data. 

In most studies of fluidised bed simulation, the uniform 

air inlet velocity was used by assuming no air distributor for the 

sake of gas and solid fully mixing [1, 15-16], while Chalermsinsuwan 

et al. [17] applied a non-uniform parabola inlet velocity profile 

into the gasifier, which the average inlet velocities were 

determined from the experimental values. Some studies applied 

a simplified air distributor model. Papadikis et al. [18] flew the 

gas through a porous plate at the bottom of the gasifier. 

Sofialidis and Faltsi [19] simplified the network of horizontal 

pipes of air distributor as plane circular holes at the gasifier 

bottom due to the meshing economy reason. Nevertheless, 

computer efficiency and CFD codes have recently been so much 

advanced that has enabled simulations of complicating 

configurations like those of air distributors. By simulating with 

its full existence, the obscurity inside the bed zone can be clearly 

investigated, which can be useful for further improvement of air 

distributor. 

In this study, a cold-flow (ambient temperature and non-

reactive) simulation of a 100 kWth lab-scale BFBG was carried 

out using ANSYS FLUENT (formerly FLUENT), a commercial 

CFD software based on the finite volume method. The model 

was constructed on three-dimensional (3-D) computational domains 

and applied the Euler-Euler approach with KTGF. The aim of 

study was to compare the hydrodynamic behaviors inside the 

bed zone of non-simplified (actual configuration) air distributor 
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and the simplified air distributor model. The bubble formation 

and motion inside bed zone as well as the resulted bed 

expansion ratio and pressure profile were investigated. Initially, 

a simple model simulating a downscale transparent bubbling 

fluidized bed reactor made from acrylic glass was also carried 

out to validate the model input parameters. 

 

2. Experimental Equipment 

 

Two types of experimental equipment were used in this 

study: the atmospheric-pressure bubbling fluidized bed gasifier 

(BFBG) for the cold flow simulation and the downscale 

transparent bubbling fluidized bed reactor made from acrylic 

glass for an initial validation of input parameters for the model. 

 

2.1 The atmospheric-pressure bubbling fluidized bed gasifier 

(BFBG) 

The BFBG was developed at JGSEE laboratory and has 

been used in a number of gasification studies [20-21]. The 

schematic diagram of the BFBG is shown in Figure 1. It has an 

internal diameter of 300 mm and a height of 2500 mm with a 

wall of thermal insulation 150 mm thick. Its lower part situates 

the nozzle-type air distributor, which consists of 9 closed-end 

nozzles. Each of them has 42 air distributing holes with 3 mm 

diameter and 60 degree downward inclination. This air distributor 

configuration was designed to promote the recirculation of gas 

and solid in the bed zone and to prevent bed aggregation. Bed 

material used was silica sand with a mean particle diameter of 

0.352 mm and a density of 2647 kg/m3, which falls into the 

Group B of Geldart classification. A static height of the bed 

material was 300 mm. 

 

 

 
Figure 1. The schematic diagram of bubbling fluidized bed 

gasifier (up) and 3-D view of air distributor part (down). 

2.2 The acrylic bubbling fluidized bed reactor 

In order to make an initial validation of the input 

parameters for the model, a simple model simulating a downscale 

transparent bubbling fluidized bed reactor made from acrylic 

glass was also carried out. Visual observation and more thorough 

pressure measurement could be made and the results were 

compared with the simulation values. The acrylic reactor was 

designed to have the ratio of diameter to height the same as that 

of the BFBG used in this study, i.e. about 1:8, as shown in 

Figure 2. A series of manometers were installed to monitor the 

absolute pressure along the height with more frequent positions 

around the bed zone (every 50 mm from the air distributor 

level). The silica sand with the same properties as used in BFBG 

was patched to be 150 mm high. The air distributor was 

designed to be a plate with 9 distributed holes, below which was 

fitted by a wire mesh. This simplifies the nozzle-type air 

distributor in the BFBG. Fluidizing air flow was supplied from a 

ring blower and controlled by a bypass valve with an air flow 

meter.  

The pressure drop across the bed at minimum fluidization 

velocity, the bubble appearance inside the bed zone, gas-solid 

flow pattern and the bed expansion ratio were investigated. The 

pressure drop across the bed at minimum fluidization velocity 

was obtained from the graph plot between air velocity and 

pressure drop across the bed. The bubble appearance inside bed 

zone and the movement of bed could be visually recorded. The 

bed expansion ratio was calculated by dividing the quasi-steady 

state bed height with initial bed height (Hi/H0) [17]. The bed 

expansion ratio is an important parameter as it is normally used 

for fixing the height of fluidized bed required for a particular 

service [22]. The experimental results were then compared with 

the simulation values. 

 

 
Figure 2. The acrylic bubbling fluidized bed reactor. 

 

3. Simulation Setup 

 

ANSYS FLUENT was used for model simulation 

throughout this study. The simulations were carried out in three-

dimensional (3-D) computational domains under cold-flow 

condition. 

 

3.1 Computation fluid dynamic model setup  

The main conservation equations, which are closed by 

providing constitutive equations based on the kinetic theory of 

granular flow (KTGF) as reviewed by many researchers [13, 17, 

23-24], were applied in this study. 
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3.1.1 Mass conservation equations 

The accumulation of mass in each phase is balanced by 

the convective mass fluxes. 
𝝏

𝝏𝒕
(∝𝒈 𝝆𝒈) +  𝛁 ∙ (∝𝒈 𝝆𝒈�⃑⃑� 𝒈) = 𝟎                                    (1) 

𝝏

𝝏𝒕
(∝𝒔 𝝆𝒔) +  𝛁 ∙ (∝𝒔 𝝆𝒔�⃑⃑� 𝒔) = 𝟎                                               (2) 

where α, ρ, and �⃑⃑�  represent the volume fraction, density, and 

instantaneous velocity and subscripts g, s denote the gas phase 

and solid phase, respectively. 

The summation of all volume fractions is unity as each 

computational cell is shared by the inter-penetrating phases. 

∝𝒈+ ∝𝒔= 𝟏                                                                    (3) 

  

3.1.2 Momentum conservation equations 

The accumulation of momentum in each phase is 

balanced by the convective momentum fluxes and the related 

forces inside the system, i.e. the force due to pressure, stress 

tensor, gravity, and momentum interphase exchange coefficient 

 
𝝏

𝝏𝒕
(∝𝒈 𝝆𝒈�⃑⃑� 𝒈) +  𝛁 ∙ (∝𝒈 𝝆𝒈�⃑⃑� 𝒈�⃑⃑� 𝒈) 

=  −∝𝒈 𝛁𝑷𝒈 + 𝛁 ∝𝒈∙ 𝝉𝒈 +∝𝒈 𝝆𝒈𝒈 − 𝜷𝒈𝒔(�⃑⃑� 𝒈 − �⃑⃑� 𝒔)    (4)  

𝝏

𝝏𝒕
(∝𝒔 𝝆𝒔�⃑⃑� 𝒔) +  𝛁 ∙ (∝𝒔 𝝆𝒔�⃑⃑� 𝒔�⃑⃑� 𝒔) 

=  −∝𝒔 𝛁𝑷𝒔 + 𝛁 ∝𝒔∙ 𝝉𝒔 +∝𝒔 𝝆𝒔𝒈 + 𝜷𝒈𝒔(�⃑⃑� 𝒈 − �⃑⃑� 𝒔)       (5) 

where P, τ, g, and βgs represent the pressure, stress tensor, 

gravity force, and interphase exchange coefficient, respectively. 

 

3.1.3 Solid fluctuating kinetic energy conservation equation 

The equation of conservation of the solids fluctuating energy is 

given as  
𝟑

𝟐
[
𝝏

𝝏𝒕
(∝𝒔 𝝆𝒔𝜽) + 𝛁 ∙ (∝𝒔 𝝆𝒔�⃑⃑� 𝒔 ∙ 𝜽)] 

= −(𝑷𝒔𝑰 +∝𝒔 𝝉𝒔): 𝛁�⃑⃑� 𝒔 + 𝛁 ∙ 𝑲𝒔𝛁𝜽 − 𝜸               (6)       

where (𝑷𝒔𝑰 +∝𝒔 𝝉𝒔): 𝛁�⃑⃑� 𝒔  is the generation of the fluctuating 

energy due to work done by shear stress in solid phase; 𝛁 ∙
𝑲𝒔𝛁𝜣 is the conduction of the solid fluctuating kinetic energy; γ 

is the rate of dissipation of the solid fluctuating kinetic energy 

due to inelastic collision. 

Under cold flow simulation, the system can be assumed 

to be isothermal, hence the energy conservation can be ignored [17]. 

 

3.1.4 Constitutive equations 

The constitutive equations, based on the KTGF, which 

have been used to close the conservation equations, are 

presented as follows: 

The stress tensor 𝝉𝒈 and  𝝉𝒔 are given by 

 𝝉𝒈 = µ𝒈 [𝛁�⃑⃑� 𝒈 + (𝛁�⃑⃑� 𝒈
𝑻
)] −

𝟐

𝟑
∝𝒈 µ𝒈(𝛁�⃑⃑� 𝒈)                    (7) 

 𝝉𝒈 = µ𝒔 [𝛁�⃑⃑� 𝒔 + (𝛁�⃑⃑� 𝒔
𝑻
)] −

𝟐

𝟑
µ𝒔(𝛁�⃑⃑� 𝒔) + 𝝀𝒔 ⋅ 𝛁�⃑⃑� 𝒔                  (8) 

Here λs is bulk viscosity, which is based on expression given by 

Lun et al. [25] and it can be defined as 

𝝀𝒔 =
𝟒

𝟓
∝𝒔 𝝆𝒔𝒅𝒔𝒈𝟎(1 – e) (

𝜣𝒔

𝝅
)𝟏/𝟐                 (9)                                                       

𝝀𝒔 =
µ𝒔,𝒅𝒊𝒍

( 𝟏+𝒆 )𝒈𝟎
[𝟏 +

𝟒

𝟓
( 𝟏 + 𝒆 )𝒈𝟎 ∝𝒔]

𝟐 +
𝟒

𝟓
∝𝒔

𝟐 𝝆𝒔𝒅𝒔( 𝟏 +

𝒆 )𝒈𝟎 (
𝜣𝒔

𝝅
)𝟏/𝟐                                                  (10)  

µ𝒔,𝒅𝒊𝒍 =
𝟓√𝛑

𝟗𝟔
𝝆𝒔𝒅𝒔𝜣

𝟏/𝟐                                                               (11)  

where μs,dil is the dilute viscosity, e is the particle-particle 

restitution coefficient, and 𝒈𝟎 is the radial distribution function 

expressing the statistics of the spatial arrangement of particles. 

𝒈𝟎 = [𝟏 − (
𝒂𝒔

𝒂𝒔,𝒎𝒂𝒙
)𝟏/𝟑]−𝟏                                                  (12) 

where ∝𝒔,𝒎𝒂𝒙  is the volume fraction of the solid phase at 

maximum packing. 

The granular temperature 𝜣𝒔 is defined as 

𝜣𝒔 =
𝟏

𝟑
�⃑⃑� 𝒔ʹ

𝟐                                   (13) 

where 𝒗′⃑⃑  ⃑
𝒔 is the solids fluctuating velocity. 

The solid pressure represents the particle normal forces 

due to particle–particle interaction. In this approach, both the 

kinetic and the collisional influence are taken into account. The 

kinetic portion describes the influence of particle translations, 

whereas the collisional term accounts for the momentum 

transfer by direct collisions [13]. The solid pressure is calculated 

as follows: 

𝒑𝒔 =∝𝒔 𝝆𝒔𝜣[𝟏 + 𝟐𝒈𝟎 ∝𝒔 ( 𝟏 + 𝒆 )]𝟐                                  (14) 

The granular conductivity (𝑲𝒔) and the collisional rate 

of energy dissipation per unit volume (𝜸)  are adopted as: 

𝑲𝒔 =
𝟐𝑲𝒅𝒊𝒍

( 𝟏+𝒆 )𝒈𝟎
[𝟏 | 

𝟔
𝟓
(𝟏 | 𝒆)𝒈𝟎𝜶𝒔]

𝟐 | 𝟐 ∝𝒔
𝟐 𝝆𝒔𝒅𝒔 (

𝜣

𝝅
)
𝟏/𝟐

  (15) 

𝑲𝒅𝒊𝒍 =  
𝟕𝟓√𝝅

𝟑𝟖𝟒
𝝆𝒔𝒅𝒔𝜣

𝟏/𝟐                                               (16) 

𝜸 = 𝟑(𝟏 − 𝒆𝟐) ∝𝒔
𝟐 𝝆𝒔𝒈𝟎𝜣[

𝟒

𝒅𝒔
(
𝜣

𝝅
)
𝟏/𝟐

− 𝛁 ∙ 𝒗𝒔]       (17) 

In order to couple the two momentum balances in 

Equation (4) and (5), a model for the interphase force is 

required. For 𝜶𝒈, the pressure drop due to friction between gas 

and solid can be described by the Ergun equation. Thus, the 

interphase momentum transfer coefficient (interphase exchange 

coefficient), 𝜷𝒈𝒔, in this porosity range [27-28] becomes: 

𝜷𝒈𝒔 = 𝟏𝟓𝟎
𝜶𝒔

𝟐𝝁𝒈

𝜶𝒈𝒅𝒔
𝟐 + 𝟏.𝟕𝟓

𝝆𝒈𝜶𝒔|𝒗𝒈⃑⃑⃑⃑  ⃑− 𝒗𝒔⃑⃑⃑⃑ |

𝒅𝒔
                       (18) 

for 𝜶𝒈 > 𝟎. 𝟖 , such a relation for pressure drop leads to the 

following expression for the interphase momentum transfer 

coefficient: 

𝜷𝒈𝒔 = 
𝟑

𝟒
𝑪𝒅

𝜶𝒔𝜶𝒈𝝆𝒈|𝒗𝒈⃑⃑⃑⃑  ⃑− 𝒗𝒔⃑⃑⃑⃑ |

𝒅𝒔
𝜶𝒈

−𝟏.𝟔𝟓                                 (19) 

where the drag coefficient  𝑪𝒅 is given by 

𝑪𝒅 = 𝟎. 𝟒𝟒 ;         for   𝑹𝒆𝒔 >  1000                (20) 

𝑪𝒅 = 
𝟐𝟒

𝑹𝒆𝒔
(𝟏 + 𝟎. 𝟏𝟓𝑹𝒆𝒔

𝟎.𝟔𝟖𝟕) ;  for   𝑹𝒆𝒔 ≤  1000                (21) 

where 𝑹𝒆𝒔 is the Reynolds number, 

𝑹𝒆𝒔 =
𝜶𝒈𝝆𝒈𝒅𝒔|𝒗𝒈⃑⃑⃑⃑  ⃑− 𝒗𝒔⃑⃑⃑⃑ |

𝝁𝒈
                                   (22)  

 

3.2 Simulation setup for validation of model input parameters 

with acrylic reactor 

The Acrylic model (simulating the acrylic reactor) was 

constructed to validate all the parameters and optional models 

selected as inputs for ANSYS FLUENT. Following the 

dimension of acrylic reactor, as shown in Figure 2, the grids 

were created and meshed in ANSYS Workbench by using 

DesignModeler and Meshing function, respectively. Then the 

meshed model was exported from ANSYS Workbench to 

ANSYS FLUENT for simulation. The boundaries of Acrylic 

Model were set as presented in Figure 3. 
 

 
Figure 3. Boundary setting of the Acrylic Model. 
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The solid phase was silica sand with the same properties 

and amount to give the same height as that used as a bed 

material in the acrylic reactor. The momentum-shear condition 

and the multiphase-granular condition of the solid phase, which 

was set in a wall boundary, were adjusted following the nature 

of its behavior according to the previous literatures [29-30]. As 

the particle of sand was pushed by the air force, it collided with 

other particles around it. Taking into account this so-called 

inelastic collision, the optimized value of restitution coefficient 

in this model was found at 0.9. During the collision, some part 

of energy was lost and there were a high solid concentration 

near the wall which prefers a small value of specularity 

coefficient as found from literatures [31-32]. Here, the 

optimized value of specularity coefficient was found at 0.01. 

For gas phase, the input properties of air used were the 

same as those used as a gasification medium in the acrylic 

reactor. The minimum fluidization velocity of 0.206 m/s 

obtained from equation (23) was also set as the inlet velocity. 

𝑼𝒎𝒇 = 𝟎. 𝟎𝟎𝟏𝟏𝟒
𝒈𝒅𝒔

𝟐(𝝆𝒔−𝝆𝒈)

𝝁𝒈
                                 (23) 

where 𝒅𝒔 is a diameter of particle in solid phase (m), 𝝆𝒔  is a 

density of particle in solid phase (kg/m3), 𝝆𝒈is a density of gas 

in gas phase (kg/m3), and 𝝁𝒈is a gas viscosity (kg/m-s). 

The Gidaspow model was used to represent the terms of 

interphase exchange coefficient  𝜷𝒈𝒔 for granular flows in this 

study as it is recommended for dense fluidized beds. It can be 

written in the following general form: 

𝜷𝒈𝒔 = 
𝜶𝒔𝝆𝒔𝒇

𝝉𝒔
                                                                 (24) 

where f is the drag function, and 𝝉𝒔 is the particulate relaxation 

time which is defined as 

𝝉𝒔 =  
𝝆𝒅𝒅𝒔

𝟐

𝟏𝟖𝝁𝒈
                                                                  (25) 

where 𝒅𝒔is the diameter of particles. 

 

3.3 Simulation setup for bubbling fluidized bed gasifier with 

simplified and non-simplified air distributor model 

The BFBG Model was constructed to simulate the 

bubbling fluidized bed gasifier with its actual nozzle-type 

configuration of the air distributor (non-simplified model) and 

with a plate-type configuration of air distributor (simplified 

model). The 3-D drawings showing the cross-section plane of 

both models are shown in Figure 4. The boundary conditions 

were set following Figure 3. The input parameters and optional 

models, which had been studied and validated in the section 

above, were set as summarized in Table 1. 

 

Table 1. The input parameters for cold-flow simulation.   

Problem Setup Input Parameter 

  Solver  

        Type Pressure-Based 

        Velocity Formulation Absolute 

        Time Transient 

  Model  

        Eulerian 2 Phases 

  Materials  

        Air Density (ρg) 1.225 kg/m3 

        Air Viscosity (µg) 1.7893 e-05 kg/m-s 

        Silica Sand Density (ρs) 2647 kg/m3 

        Diameter of Silica Sand (ds)  0.352 mm 

  Phases  

        Primary Phase     Air 

        Secondary Phase Silica Sand 

        Phase Interaction  

          - Drag Coefficient Gidaspow 

          - Collisions 0.9 (Constant) 

  Boundary Conditions  

        For “Wall” set “Silica Sand”       

          - Restitution Coefficient between 

Silica Sand and Wall (ew) 

0.9 

          - Specularity Coefficient (ø) 0.01 

        For “Velocity Inlet” set “Air”  

          - Air Inlet Velocity (vg) 3.8137 m/s 

  Patch  

        Phase    Silica Sand 

        Initial Bed Height (H0)    300 mm 

        Initial Solid Volume Fraction (εs) 0.538 

        Solid Inlet Volume Fraction at 

Maximum Packing Limit (εs,max) 

0.63 

 

  Run Calculation  

        Time Step Size    0.0001 s 

        Iterations per Time Step 50 

 

4. Results and Discussion 

 

4.1 CFD model validation 

For CFD model validation, the acrylic model simulation 

results were compared with the experimental results obtained 

from the acrylic reactor in terms of the pressure drop across the 

bed at minimum fluidization velocity, the solid volume fraction 

which represents the bubble appearance inside bed zone and the 

bed expansion ratio. 

 

 
Figure 4. The 3-D drawings showing the cross-section plane of non-simplified air distributor model (left) and simplified air 

distributor model (right). 
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4.1.1 The pressure drop across the bed at minimum fluidization 

velocity 

For acrylic model simulation, the pressure drop across 

the bed at a given minimum fluidization velocity was obtained 

by the difference between the absolute pressure at the height 

over bed zone (i.e. around 200 mm from the air distributor level) 

and that at the air distributor level. The given minimum 

fluidization velocity was 0.206 m/s, which was obtained from 

calculation (equation (3.23)). From Figure 5, the simulation 

gave the absolute pressure at the height of 0 and 200 mm from 

the air distributor level of acrylic model were 103449 and 

101325 Pa, respectively, and hence the pressure drop across the 

bed of 2124 Pa or 21.66 cm water gauge (cm w.g.). It is also 

known that, at the minimum fluidization velocity, all the 

particles are essentially supported by the air stream and the 

pressure drop through the bed is equal to the bed weight divided 

by the cross-sectional area of the bed, ΔP = W/A. Based on the 

weight of sand used of around 4 kilograms in this study, the 

theoretical pressure drop calculated from this equation was 

around 2220.53 Pa or 22.64 cm w.g. Yang [33] found that in 

actual practice, the pressure drop at minimum fluidization velocity 

would actually be less than W/A because a small percentage of 

the bed particles is supported by the wall owing to the less than 

perfect design of the air distributor, to the finite dimension of 

the containing vessel, and to the possibility of channeling. 

In the experiment part, the pressure drop across the bed 

at minimum fluidization velocity was obtained from the graph 

plot between pressure drop across the bed and air velocities, as 

seen in Figure 5. The pressure drop across the bed increased 

constantly with the increase of air velocity. At the air velocity at 

around 0.218 m/s, the pressure drop across the bed reached 21 

cm w.g., after which was maintained at 20.5 cm w.g. The 

minimum fluidization velocity was taken at 0.218 m/s where the 

pressure drop across the bed reached its highest level. The 

obtained experimental and simulation results of pressure drop 

across the bed seem to agree well. 

 

4.1.2 The bubble appearance inside bed zone 

The visual observation of particle behavior during cold 

flow experiment in the acrylic reactor was continuously recorded. 

The captured pictures of the solid bed movement were compared 

with the contour of solid volume fraction resulted from the 

acrylic model simulation as a function of time as presented in 

Figure 6. The movement of contour of solid volume fraction in 

the acrylic model simulation and of air bubbles in the acrylic 

reactor coincided well during the simulation time of 0 to 0.6 s. 

 

4.1.3 The bed expansion ratio 

The bed expansion ratio was calculated by dividing the 

quasi-steady state bed height with initial bed height (Hi/H0). 

The quasi-steady state bed height obtained from simulation was 

about 170 mm, while it was fluctuating in the range of 170 - 180 

mm in acrylic reactor. Based on the same initial bed height of 

150 mm, the bed expansion ratios were similar. 

From the comparisons of results from experiments and 

simulation above, it was ensured that the selected input parameters 

and optional model were acceptable for the simulation to 

investigate the effect of the air distributor configuration. 
 

 
Figure 5. Pressure drop across the bed at minimum fluidization velocity obtained from simulation (left) and experiment (right). 
 

 
Figure 6. Comparison of the bubble movement inside bed zone resulted from experiment and simulation at t = 0-0.6 s. 
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4.2 Comparison of hydrodynamic behavior obtained from 

non-simplified and simplified air distributor model 

The simulation results in terms of the solid volume fraction 

which represents the formation and motion of bubbles inside bed 

zone, the gas-solid flow pattern, and the bed expansion ratio were 

compared to show the differences of hydrodynamic behavior 

obtained from non-simplified and simplified air distributor model. 

 

4.2.1 The difference of bubble formation and motion inside 

bed zone 

The beginning of bubble formation and motion inside 

bed zone of both non-simplified and simplified air distributor 

model are indicated with solid volume fraction in Figure 7 and 

Figure 8. Figure 7 shows the differences of solid volume fraction 

contour, at time of 0 to 0.8 s, obtained from non-simplified and 

simplified air distributor model. For non-simplified air distributor 

model, air starts to come out through the 378 air distributing holes 

around the 9 closed-end nozzles. Due to the less effect of bed 

weight, more air bubbles occur at the upper part of the nozzles. 

The small bubbles are formed and grow as ascending toward the 

bed surface. Bubbles also collide with each other to form larger 

ones. As the bubbles reach to the bed surface, they burst out. On 

the other hand, small bubbles are formed near the bottom of the 

bed for simplified air distributor model, which was designed to 

be a plate with holes. Larger bubbles were also formed but at time 

earlier than observed for the non-simplified air distributor model. 

Both non-simplified and simplified air distributor model show 

that, when the bubbles reach the bed surfaces, they erupt and splash 

solids into freeboard. This result in the fluctuation of bed surface 

observed. However, more fluctuation is observed in non-simplified 

air distributor model and the cycles of bubble formation and 

motion are also faster in non-simplified air distributor model. 

The solid volume fraction is also plotted with the reactor  

height for both models at time 0-0.4 s as illustrated in Figure 8. 

In the non-simplified air distributor model, the bubbles begin to 

form at the height of 50 mm from the bottom level but a large 

and rapid fluctuation of bubble volume is found at the upper part 

of bed zone. On the other hand, for the simplified air distributor 

model, the bubbles begin to form right from the bottom level 

and change their volume fraction as ascending to the surface. 

The bubbles reach faster to the bed surface in non-simplified air 

distributor model. 

 

4.2.2 The difference of gas-solid flow pattern 

Figure 9 compares the results of solid velocity and flow 

direction inside bed zone of non-simplified and simplified air 

distributor model during the beginning period of fluidization, i.e. 

at time of 0.05 and 0.50 s. For non-simplified air distributor 

model, solids around nozzles zone start to move downward after 

gas begins to flow through the air distributors as seen in Figure 

9 (left) at time of 0.05 s. Higher gas flow preferably happens at 

the upper part of nozzles due to less solid weight load and as a 

consequence pushes the solids toward the bottom. As time proceeds, 

as shown in Figure 9 (left) at time of 0.50 s, the gas flow at the 

bottom fully develops and pushes the solids from the bottom to 

move upward creating solid circulation. It is clear that with this 

air distributor configuration, local solid circulation was also created 

and helped maximize the bed circulation. The dead space around 

the bottom zone of fluidised bed could therefore be reduced. 

For simplified air distributor model, solids near the bottom 

get high acceleration due to the action of gas flow inlet, while 

the solids on the top of the bed move downward by gravity as 

presented in Figure 9 (right) at time of 0.05 s. As the gas driving 

force continues further, large solid circulation patterns are created 

around the lower zone of the bed as illustrated in Figure 9 (right) 

at time of 0.50 s. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 
Figure 7. Contour of solid volume fraction at time = 0-0.8 s obtained from non-simplified model (top) and simplified model (below). 
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Figure 8. Solid volume fraction along the height of non-simplified model (left) and simplified model (right) at t = 0 to 0.4 s. 

 

   0.05 s 

   0.50 s 

Figure 9. Solid velocity and direction inside bed zone of non-simplified model (left) and simplified model (right).  
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Figure 10. Contour of absolute pressure along the height of non-simplified air distributor model (left) and simplified air distributor 

model (right) at time = 0.5 s. 

 

4.2.3 The difference of bed expansion ratio 

The quasi-steady state bed height obtained from non-

simplified model simulation was about 400 mm, while it was 

about 350 mm in simplified model. Based on the same initial 

bed height for both non-simplified and simplified model was 

300 mm, the bed expansion ratio of non-simplified and 

simplified air distributor model was 1.33 and 1.16, respectively. 

This difference indicates that the simulation based on simplified 

model could underestimate the expansion height of fluidized bed 

as compared to the non-simplified model which is closer to the 

actual BFBG. 

 

4.2.4 The difference of absolute pressure profiles along the 

height of bed zone 

The profiles of absolute pressure along the height of bed 

zone resulted from non-simplified and simplified air distributor 

model are compared in Figure 10. Although the pressure drop 

across the bed is similar for both cases at about 40.79 cm w.g., 

the absolute pressures along the height are different. The 

simplified air distributor model gives a more constant pressure 

at all heights, while fluctuations are clearly observed in non-

simplified air distributor model, especially in upper zone of the 

bed. When applying the model under hot flow (reaction 

considered) mode, this different absolute pressure contour may 

affect the chemical equilibrium of reactions occurring. 

 

5. Conclusions 

 

The CFD codes of Euler-Euler approach with KTGF 

were used to develop three-dimensional simulation models to 

investigate and compare the hydrodynamic behaviors of a 

bubbling fluidized bed gasifier (BFBG) with non-simplified 

(actual configuration) and simplified air distributor. To find 

appropriate input parameters and optional models used, the 

simulation of a downscale BFB reactor made from acrylic glass 

was conducted and the experimental results were used for the 

model validation under cold flow (ambient temperature and non-

reactive) condition. 

The simulation results show that the presence of non-

simplified and simplified air distributor gave somewhat different 

hydrodynamic behaviors as follows: 

• Since the air flow must overcome the complicating air 

distributor configuration in the non-simplified model, bubble 

formation (as indicated by the solid volume fraction) was 

initially slow, but the cycles of bubble formation and motion 

were faster compared to the simplified air distributor model. 

• The more vigorous bubble behavior in the non-

simplified model led to a larger fluctuation of bed surface as 

well as the pressure contour along the bed height. 

• With the nozzle-type air distributor configuration, local 

solid circulation was also created and helped maximize the bed 

circulation. 

• The simplified model could underestimate the 

expansion height of fluidized bed as compared to the non-

simplified model which is closer to the actual BFBG and 

therefore should be taken with care when fixing the height of 

fluidized bed required for a particular service. 
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